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A set of (95) equations forming a dynamic, nonlinear model of an industrial pilot-plant scale zinc 
electrowinning cell fed with high purity electrolyte is presented. Only the solution of the steady-state 
model is considered in this paper. Values for unknown model parameters have either been obtained 
from the literature or else estimated using experimental data taken from the pilot-plant cell. Sensitivity 
studies showed that uncertainties in the temperature dependency of  the zinc and hydrogen reaction 
exchange current densities and the exchange coefficient for the hydrogen reaction have a major effect 
on the model predictions. Excellent agreement between predicted and experimental results was 
obtained, provided that cathodic mass transfer effects were included in the model. Both parameter 
estimation and solution of the steady-state model were carried out using the SPEEDUP flowsheeting 
package. 

1. Introduction 

As 80% of the power requirements for an electrolytic 
zinc refinery are associated with the electrowinning 
process, it is economically important to run the cell- 
room as close to optimum operating conditions as 
possible. Optimum performance of a cellroom is here 
taken to mean that the energy required per tonne of 
zinc produced is minimized. As a first step to achieving 
this objective for the cellroom at the Electrolytic Zinc 
Company (EZ), Hobart, Australia, a series of experi- 
ments were conducted to investigate the major factors 
affecting the efficiency of zinc electrowinning [1]. 
These experiments were conducted in 10 litre cells 
using a high purity industrial zinc sulphate solution. 
This paper will describe the development and validation 
of a steady-state mathematical model that accurately 
describes these experimental data. The steady-state 
model is, in fact, a special case (i.e. at steady-state, all 
time derivatives are equal to zero) of a more general 
dynamic model of the zinc electrowinning cell. A 
dynamic model of the pilot-plant cell was developed 
so that an extended version could be used to look at 
control problems in the EZ circuit. The extended 
model and various applications, both steady-state and 
dynamic, will be described in a latter paper. 

Various mathematical models have been proposed 
for copper electrowinning [2, 3, 4] with the latter two 
authors also applying their models to nickel electro- 
winning. However, the only previous model of a zinc 
electrowinning cell reported in the literature is that by 
Bryson [5]. In all these cases, the complete equation set 
comprising mass balances, an energy balance, electro- 
chemical equations and physical property correlations, 
taking into account all major species in the electrolyte, 
was not solved. For example, although Bryson pre- 
sented most of the equations required in a mathemati- 
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cal model of a zinc electrowinning cell, he made no 
attempt to solve the full model but rather restricted 
himself to a simpler model comprising only a sub-set 
of his full equation set. 

Before describing our model of a zinc electro- 
winning cell, it is worth pointing out that the reason 
for developing such a model was to provide EZ per- 
sonnel with a tool that would allow them to quickly 
assess changes in plant design and/or operation. The 
aim was, therefore, to produce a '"practical", predic- 
tive model. Consequently, the more important (in 
terms of current efficiency or power required per tonne 
of zinc produced) a mechanism was known to be, the 
greater the effort that was made to ensure a realistic 
description within the model. The less important a 
mechanism was, the greater the amount of simplifica- 
tion that was felt to be justified. 

2. Model development 

Before developing the mathematical model, a decision 
had to be made as to which chemical species to 
include. The two most important species in the elec- 
trolyte are the zinc and hydrogen ions. Both are 
involved in reactions occurring at the cathode: 

Zn 2+ + 2e = Zn(s) E ~ = -0.763V (1) 

2H + + 2e- = H2(g) Ee ~ = 0.0V (2) 

The Ee ~ values given above are the standard equi- 
librium potentials for the two half reactions. In this 
paper, symbols will be defined where they are first 
used in the model development. 

Generally, about 90% of the cathodic current is 
used in the production of zinc by Reaction 1. 

"Pure" EZ electrolyte also contains significant 
amounts of the ions manganese, magnesium and 
ammonium. Typical values for these three com- 
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ponents are 12.2, 4.6 and 2 .5gdm -3, respectively, 
Although these ions have no effect on current effic- 
iency, they do affect the solution conductivity, and 
hence the cell voltage. Therefore, these three ions are 
included in the pure solution model. The other two 
species modelled are the sulphate ion and water. The 
sulphate ion is the major negative ion in the electrolyte 
and is required in the model to maintain electrical 
neutrality. Water is included since it is the solvent, and 
a water balance is required in order to calculate the 
concentrations of all ionic species. Water also takes 
part in an anodic reaction: 

H20 = 2H + + 2e- + 0.502(g) E ~ = - 1 . 2 2 9 V  

(3) 

The reaction of  manganese ions at the anode (result- 
ing in the deposition of a manganese dioxide scale) is 
assumed to be negligible. 

Combining Reactions 1 and 3 gives the desired 
overall reaction: 

Zn 2+ + H20 = Zn(s) + 2H + + 0.502(g) 

E ~ = - 1.992V (4) 

The equations comprising the mathematical model 
of the zinc electrowinning cell can be divided into five 
main sections, each of which will be examined in turn; 

(i) mass balance equations 
(ii) energy balance equations 
(iii) thermodynamic and kinetic relations 
(iv) electrochemical equations 
(v) conductivity and density correlations. 

Wherever possible, a mechanistic modelling approach 
is employed with equations used to mathematically 
describe actual processes occurring in the cell. In some 
cases this is not possible, For example, the model 
includes correlations based on experimental data to 
describe electrolyte conductivity and density (see w 2.5 
and w 2.6). 

2.1. Mass balance equations 

Each of  the seven chemical species assumed to be 
present in the electrolyte is the basis of a dynamic (i.e. 
unsteady-state) mass balance of the following form: 

[ACCUMULATION] = [INPUT] 

+ ]GENERATION] - ]OUTPUT] 

- [CONSUMPTION] (5) 

Once again, note that at steady-state, all derivatives in 
the model equal zero. 

The A C C U M U L A T I O N  term is the time derivative 
of the amount of a species in the cell. For  a constant 
volume, well-mixed cell (such as that used by Scott [6]) 
the accumulation term is given by 

[ACCUMULATION] = V dyj 
d-t- (6) 

where V = cell volume (in dm 3) and y / =  concentration 
of species j in the cell electrolyte (M). 

The INPUT term is the product of the volumetric 
flowrate of  the feed (Qr in dm 3 s- l )  and the concen- 
tration of speciesj in the feed (xj in M). 

[INPUT] = Qrxj (7) 

The G E N E R A T I O N  term accounts for any reac- 
tions where one of the chemical species is produced: 

[GENERATION] = rgc~,j (8) 

where rgen,j = rate of generation of species,,/(tool s J). 
Of the seven species in the model, the only one 

generated is H + which is produced at the anode by 
Reaction 3. 

The O U T P U T  term accounts for the amount of 
species j leaving the system. There are two possible 
outputs, the overflow of the spent solution leaving the 
cell and any loss due to evaporation: 

[OUTPUT] = Qd Y/ + r~v~p,j (9) 

where Qd = volumetric flow leaving the cell (din 3 s ]) 
and rcwp4 = rate of evaporation ofspeciesj  (tool s ]). 

Evaporation is included in the model, since in 
industrial cells it can cause a reduction in electrolyte 
volume and hence a corresponding increase in species 
concentrations. However, its effects are small (of the 
order 2-3% of the water entering a cell evaporates at 
cell temperature 35~ and a simple mathematical 
description is quite adequate. It is assumed that only 
water is lost through evaporation, with the rate of 
evaporation being described by an equation similar to 
that presented by Coulson and Richardson [7]: 

rewLp.H~o = Ke,'apAs(Ps -- Pw) (10) 

where K~p = evaporation constant (molto -2s-  
(ram Hg) i),p~ = saturated vapour pressure (mm Hg), 
p~ = working (or atmospheric) vapour pressure 
(ram Hg), and A s = surface area of the air-electrolyte 
interface (m2). 

The saturated vapour pressure for industrial 
strength electrolytes was estimated using the Antoine 
equation given by Perry and Chilton [8] for a 10% 
sulphuric acid solution: 

logm (p~) = 8.925 - 2259/T (11) 

where Tis the solution temperature (K). The relatively 
small amount  of evaporation, together with the dorni- 
nant effect of temperature (compared with variations 
in electrolyte concentrations) mean that Equation 11 
is quite adequate for the purposes of this model. 

The CONSUMPTION term accounts for any reac- 
tions which consume one of the chemical species. Zn 2+ 
and H + are consumed at the cathode (see Reactions 1 
and 2) while H~_O is consumed at the anode (see 
Reaction 3): 

CONSUMPTION = r~.on4 (12) 

where/"con,/ = consumption rate of speciesj (tool s ~). 
Thus, combining Equations 6, 7, 8, 9 and 12 for 
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each species gives a total of seven mass balance 
equations of the form 

V (dyfldt) = Q f x j  - Qa Yi - r~,p,j + rgea,j - -  rcon, s 

(13) 

The anodic reaction produces two moles of hydrogen 
ions for every mole of water decomposed. This fact is 
expressed in the final mass balance equation 

2r~o.,n,o = r g e n ,  H + (14) 

2.2. Energy balance equations 

The unsteady-state energy balance for an electro- 
chemical reactor can be derived in an analogous 
manner to the species mass balance Equation 5: 

MC(dT/dt )  = M ~ C ( T f -  Tref)- Mou~C(T-  Trer) 

- -  E ( A H i r i )  -}- /gcell-t- qloss 
(15) 

The term on the left hand side is the time rate of 
change of enthalpy of the cell contents. In deriving this 
equation, both the total amount of material in the cell 
(M in mol) and the heat capacity of the electrolyte (C 
in J tool- ~ K J) have been taken as constant. The first 
two terms on the right hand side represent the enthalpy 
flows into and out of the cell, respectively. Note that 
the inflow (Min in mol s -~) and the outflow (Mou0 are 
not assumed to be equal. Tr~r is an arbitrary reference 
temperature (K), required as enthalpy is not an 
absolute quantity, The next term on the right hand 
side represents the net enthalpy change brought about 
by all reactions occurring in the cell (AH~ is the specific 
enthalpy change, in Jmol -~, for the ith reaction, 
occurring at a rate r~ in tool s t). The term IVceu is the 
heat input rate arising from the passage of a current I 
(amps) through a cell with a total voltage drop V~ u . 
The final term in Equation 15 accounts for all heat 
losses from the cell. In the 10 litre cells being modelled 
here, there were no cooling coils and it was assumed 
that negligible heat loss occurred through the walls. 
Thus, the only heat loss (in J s -1) is that associated 
with the evaporation of water which may be cal- 
culated using 

qloss = revap, lq2oHevap (16) 

where H~.p is the specific heat of evaporation for 
water (J tool *). 

2.3. Thermodynamic and kinetic relations 

The basis of all thermodynamic calculations for electro- 
chemical processes is the Nernst equation [9] which 
relates the equilibrium potential (E~ volts) for a half 
reaction in which n electrons are transferred, to the 
cell temperature and the activities of the oxidised (a0) 
and reduced (at) species: 

Ee = E~ + (RT/nF) In (ao/ar) (17) 

In the above equation, R is the gas constant (equal to 

8.314Jmol-~K ~) while F i s  the Faraday constant 
(equal to 96 500 C mol ~ ). 

For the zinc electrowinning process, this equation is 
used to calculate the equilibrium potential for the two 
cathodic and the anodic half reactions (i.e. Equations 
1, 2 and 3). 

Ee.zn = -0.763 + (RT/2F) In [azn>/azn ] (18) 

Er = 0.0 + (RT/F) In [aH+/(aH2) ~ (19) 

[a ~~ 1 Ee,H2o = 1.229 + (RT/2F) In [(a~+)2 t o2J J H2oJ 

(20) 

The above three equations express the equilibrium 
potentials in terms of the activities of each species. The 
oxygen gas, hydrogen gas and zinc metal are each 
essentially at their standard state and are, thus, assigned 
a unit activity [10]. The activity of water was assigned 
a constant value of 0.9. This is equivalent to the 
activity of water in a 1.0 M ZnSO4, 1.5 M H2SO 4 elec- 
trolyte solution [11]. For the solute species (Zn 2+ and 
H+), the activity is related to the concentration (y  j) 
by the simple relationship 

as. = ~jy/ (21) 

where o/j is known as the activity coefficient and 
accounts for departures from ideal behaviour. Since 
the activity equals the product of a concentration and 
an activity coefficient, the problem becomes one of 
determining the single ion activity coefficients. Very 
little work on single ion activity coefficients has been 
published, with the only reported estimates for the 
zinc ion being those of Hurlen and Breivik [12]. In this 
electrowinning cell model, the following (constant) 
estimates were used for the required single ion activity 
coeff• 

YZn2+ = 0.1 

7H~ = 0.5 

These values were chosen based on calculations 
carried out using the CSIRO-SGTE Thermodata 
System [13] for the ZnSO4-H2SO4-H~O system at 
25 ~ C. The calculation method used is based on the 
theory of Whitfield [14] and the interaction data of 
Pitzer and Kim [15]. The estimated value for the zinc 
ion agrees well with those calculated by Hurlen and 
Breivik. The zinc equilibrium potential is, in fact, quite 
insensitive to the zinc ion activity coefficient with a 
change from 0.1 to 0.2 only causing a change of about 
10 mV (at a 1 M zinc ion concentration). 

If the cathodic and anodic processes were perfectly 
reversible thermodynamically, it would be possible to 
pass a large current through the reactor without the 
electrode potentials deviating from their equilibrium 
values. However, in actual processes an electrode de- 
viates from the equilibrium potential and is said to be 
polarised, The magnitude of this deviation is known as 
the overpotential (r/), and is defined as the difference 
between the working electrode potential (E) and the 
equilibrium potential (E~). For the zinc electrowinning 
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cell, the overpotentials (in volts) are: 

///Zn = Ec  - -  Ee,zn ( 2 2 )  

t]tt,- = E c - Ee .H2  (23) 

qH2o = Ea - Ee.H2o (24) 

where E~ and Ea are the cathodic and anodic working 
potentials, respectively. 

A number of different kinetic equations have been 
proposed for electrochemical reactions. The most use- 
ful of these is the Tafel equation which relates the 
overpotential (r/) to the rate of reaction expressed in 
terms of the electrode current density (i in A m 2); 

i = i0 exp ( -~r lzF /RT)  (25) 

It can be shown that the Tafel equation is accurate to 
within 1% (relative to the more complex Butler- 
Volmer equation) provided that the following con- 
dition applies: 

[r/[ > 0.118/n (26) 

In Equation 25, a is a transfer coefficient, z is the 
number of electrons transferred in the rate determin- 
ing step and i 0 is the exchange current density. The 
latter is an important kinetic characteristic of a charge 
transfer process expressing the fact that a dynamic 
equilibrium exists at an electrode surface when there is 
no net current flow or chemical change in the cell. The 
exchange current, io, is most commonly evaluated 
using [ 16], 

io = nFko fo l- ~) y~ (27) 

where Yob and Y~b are the concentrations of the 
oxidised and reduced species respectively, in the bulk 
electrolyte, while ]Co is the rate constant at the standard 
equilibrium potential [9]. 

For the zinc deposition reaction, the concentration 
of metallic zinc (the Yrb in this case) is constant and 
thus may be incorporated into the rate constant along 
with the electron transfer number and the Faraday 
constant to give, 

i0,z. = k;,zn [Zn2*] (1 ~z~) (28) 

noting that the zinc ion is the oxidised species in 
Reaction 1. The modified standard rate constant 
(k;,z,) is strongly dependent on temperature and can 
be modelled using an Arrhenius type equation, 

k~,zn = A0,z~ exp ( - A G z , ~ / R T )  (29) 

where Ao.z, is a pre-exponential (or frequency) factor 
and AGz. is an activation energy. Similarly, the 
exchange current density relation for the hydrogen gas 
reaction can be simplified by taking the concentration 
of hydrogen gas (the Yrb in this case) as constant and 
incorporating it into the rate constant along with the 
electron transfer number and Faraday's constant to 
give, 

io.m = k0..2 [H+] <' ~"2~ (30) 

where the temperature dependence of k;,Hz is analo- 
gous to Equation 29. 

The Tafel equation is based on the assumption that 
the rate determining step is the charge transfer process 
at the electrode surface and not mass transfer to or 
from the surface. For both reactions in which gas is 
evolved, hydrogen at the cathode (see Equation 2) 
and oxygen at the anode (see Equation 3), the charge 
transfer kinetics are slow and the assumptions of the 
Tafel equation are valid [10]. For the zinc deposition 
reaction (see Equation 1), however, an equation 
derived by Hurlen [17] which incorporates both Tafel 
kinetics and mass transfer effects was found to be 
more suitable: 

/Zn = i0.Zn [((ilc.Zn -- izn)/ilc,Zn) exp (-~,znqznZzr, F /RT)  

- exp ((1 - ~zn)qznzz~F/RT)] (31) 

In this equation, the limiting current density (i~) is 
given by, 

il~. = mnFyob (32) 

where m is the cathodic mass transfer coefficient (in 
m s -J) and Yob is the concentration of Zn 2+ in the bulk 
electrolyte. The cathodic mass transfer coefficient in a 
zinc electrowinning cell is primarily a function of the 
micro-convective effects at the cathode surface caused 
by the evolution of hydrogen bubbles on the zinc 
deposit [29, 30, 31]. Janssen [18] modelled this effect 
using the following equation, 

m = K(VH2) ~ (33) 

where K is a constant and VH, is the volumetric rate of 
hydrogen evolution (in dm3s -*) which may be cal- 
culated from Equation 39 and the ideal gas taw, given 
the pressure p (in atm): 

VH 2 = r~n,,_RT/p (34) 

2.4. Electrochemical equations 

One of the basic design equations for an electrochemi- 
cal reactor is the electroneutrality condition [19], 

N 

Z (n,y,) = 0 (35) 
i= l  

where n i and Yi are the number of electrons transferred 
per molecule and the electrolyte concentration for the 
ith (of a total N) species, respectively. In most appli- 
cations of the model, the concentrations of all the 
cations are specified and Equation 35 is used to cal- 
culate the concentration of the anions (i.e. the sulphate 
ion). Electroneutrality within the cell is maintained by 
equating the total cathodic current (/~) to the total 
anodic current (L~); 

L = L (36) 

The total current passing through an electrode is the 
sum of the currents arising from all reactions occurring 
on its surface. For the zinc electrowinning model this 
may be written as, 

/c = icA~ = (izn + iH~)Ac (37) 

I~ = iaA a = iH2oA~ (38) 
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where izn, ill2 and iu20 are the current densities (in 
A m 2) associated with Reactions 1 to 3, respectively, 
and Ac and Aa are the cathode and anode areas (in m2). 
As mentioned previously, it is assumed that the 
manganese reaction on the anode is negligible. 

Faraday's Law describes the relationship between 
the j th  reaction rate (rj in mol s ~) and the quantity of 
electricity consumed; 

rj = i jA /nF (39) 

In the above equation, ij is the current density asso- 
ciated with thej  th reaction, A is the electrode area and 
F is Faraday's constant. 

The total cell voltage (V~o n volts) is calculated by 
summing the voltage drops for the electrodes and 
across the solution between the electrodes (Esnlu~o,), 

Vcell = I Ecl + lea] + Esolution + E, oss (40) 

where E c and E~ are the cathode and anode potentials, 
respectively. E~os~ is a measured correction term which 
accounts for the voltage loss across the busbars, con- 
tacts and the manganese scale on the anode surface, 
and in industrial cells is generally of the order 0.1 to 
0.2 V. Esolution is related to the electrolyte conductivity 
(o- in S m l), the electrode gap width (Ab in m) and the 
current density; 

Esolution = Ab ir (41)  

The electrolyte conductivity is calculated using 
Equation 45. In the 10 litre cells being modelled here, 
the small amount of gas being produced at the elec- 
trodes can be shown [6] to have a negligible effect on 
electrolyte conductivity and hence on the solution 
voltage drop. The electrode gap also varies slightly as 
the deposit forming on the cathode grows. However, 
this is a small effect which could be adequately 
modelled using a gap width typical of that which 
occurs halfway through a deposition cycle. 

The final electrochemical equations employed in the 
model are those describing the average current effic- 
iency and the electrical energy used by the process per 
tonne of zinc produced. 

The current efficiency (~ in %) for the deposition of 
zinc is defined as, 

e = lO0(iz,/i~) (42) 

The energy consumption (P) gives the electric power 
required per unit weight of zinc produced [10], 

P = VoenI~t/Wz, (43) 

where t is the deposition time (seconds) and Wzn is the 
mass of zinc deposited (g). This expression for P can 
alternatively be expressed as, 

P = 81960V~ell/e (kWhtonne  1) (44) 

Hence the energy consumption can be minimised by 
selecting the electrolysis conditions so that the current 
is used solely for zinc deposition and by making the 
cell voltage as low as possible. Theoretically, the 
lowest energy consumption occurs when the current 
efficiency is 100% and the cell voltage equals t he  

equilibrium voltage. The energy consumption for zinc 
electrowinning under these conditions would be 
1630kWhtonne ~. This compares with a value of 
around 3000kWh tonne ~ obtained by most indus- 
trial cellrooms. 

2.5, Electrolyte conductivity correlation 

The conductivity of the solution has a significant effect 
on the cell voltage. A detailed study of the conductiv- 
ity of acidic metal sulphate solutions was carried out 
by Majima et al. [20]. Their conductivity prediction 
procedure, however, is quite complex and was not 
considered suitable for use in the present cell model. 
Therefore, a simpler linear correlation was used based 
on experimental data taken during the l0 litre cell 
studies [1]; 

o = 32.0 + B ( T -  35) + 19.6([H2SO4] - 1.12) 

- l l . I ( [C*]  - 1.25) (45) 

where T = temperature (~ C), B = temperature coef- 
ficient (=  0.27[H2SO4]), and C* = effective Zn 2+ con- 
centration, given by ([Zn 2+] + [Mn 2+] + [Mg 2+] + 
0.5[NH +]). All concentrations [ . . . ]  are in M. 

2.6. Electrolyte density correlations 

Electrolyte density was included in the model pri- 
marily so that its value as a measured and/or con- 
trolled variable in full-size cells could be examined via 
dynamic simulation. The results from such studies will 
be presented in a latter paper. 

No equations for solution density could be found in 
the literature relevant to the ZnSO4-H2SO4-H20 
system. Therefore, empirical correlations were used, 
based once again on experimental data taken during 
the 10 litre cell studies [1]. The density of neutral feed 
electrolyte (Pn) is given by, 

p, = 1000 + 2.25[Zn 2+] + 2.41[Mn 2+] 

+ 4.36[Mg 2+] + 3.23[NH +] (46) 

while the density of spent electrolyte (p~) is given by, 

Ps = 1000 + 2.18[Zn 2+] + 2.41[Mn 2+] 

+ 4.36[Mg 2+] + 3.23[NH +] + 0.56[H2SO4] 

(47) 
where both densities and all concentrations [ . . . ]  are 
in gdm 3. The effect of temperature on density was 
not modelled. 

3. Parameter  es t imat ion in the pure solut ion model  

Before the pure solution mathematical model could be 
used, values were required for a number of parameters. 
Estimation of each of these parameters is discussed 
below. 

3.1. Transfer coe~cients  and tran,sfer numbers 

The Tafel equation for the hydrogen reaction (see 
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Equa t ion  2) is: 

iH~ = io, H~ exp (--C%~H,ZH, F /RT ) (48) 

There  is general  agreement  in the l i terature (for exam- 
ple, [21]) that  the value of  the t ransfer  coefficient for  
the hydrogen  gas reaction (c%) is 0.5, and conse- 
quent ly this value is used in the model .  Since the 
mechanism of  this reaction involves only one electron 
[22], the t ransfer  number  (ZH,) is assigned a value of  1. 

Current  density versus electrode potent ial  experi- 
ments  carried out  by Scott  [6] indicated that  at  high 
zinc concent ra t ions  the value for C~Zn. ZZ, was approxi -  
mate ly  0.8. This agreed well with values repor ted 
previously [23, 24, 25]. Since Parsons  [27] and Bard 
[28] both  r ecommended  a value of  2 for the transfer  
n u m b e r  (Zz~), a value o f  0.4 was used for the t ransfer  
coefficient. 

3.2. Tafel data for the o,rygen evolution reaction 

As with mos t  reactions involving gas evolution,  the 
overpotent ia l -current  density relat ionship for the 
anodic  decompos i t ion  o f  water  can be described using 
the Tafel equat ion [10], 

ill20 = i0.H20 exp [(1 -- O;HeO)rlH~OZH~_oF/RT] (49) 

which can be simplified and rearranged into t h e  
logar i thmic form, 

qH,O = a + b logl0(iH2o) (50) 

The simpler latter equat ion is used in the zinc elec- 
t rowinning model  as the anodic reaction is not  o f  
p r imary  impor tance  to the model  calculations. Indus-  
trial silver-lead anodes,  with the normal  thin coat ing 
of  manganese  dioxide, were used in a series of  over- 
potent ial  exper iments  [6] to determine the Tafel slope 
and hence values for the two constants  in Equat ion 50. 

The  values obta ined  at  35~  were a = 0.306 and 
b = 0.146. These values did not  change significantly 
over  the range of  tempera tures  typically used in indus- 

trial cells. 

3.3. Initial estimation of  rate constants (no mass 
transfer) 

Initially, values for  the rate constants  k~,Zn and ko, H2 
were calculated at 35 ~ C, assuming no mass  t ransfer  
effects, and using the averaged da ta  f rom the 12 
pure  solution pi lot-plant  cell experiments  run at 
" s t a n d a r d "  condit ions (zinc concent ra t ion  in cell = 
5 5 g d m - 3 ;  acidity in cell = l l 0 g d m  3; current  
density = 500 A m 2; cell tempera ture  = 35 ~ C; depo- 
sition t ime = 42h;  additives = 2 5 m g d m  -3 glue + 
0 . 0 4 m g d m  -3 Sb; see [1] for  more  details). Such a 
pa ramete r  es t imat ion was s t ra ight forward  as the cell 
model  was solved using the S P E E D U P  [26] flowsheet- 
ing package.  Fo r  a specified number  of  equat ions  in 
the model ,  enough independent  variables must  be 
specified (i.e. given values) so that  the final equat ion 
set to be solved is " squa re"  (i.e. there are an equal 
number  of  equat ions  and unknown  variables).  Nor -  
mally, the rate constants  would be set variables and 
the current  efficiency and ca thode  overpotent ia l  would 
be calculated. Here,  however,  the current  eff• 
and the overpotent ia l  are set to their experimental ly  
determined values and the rate constants  are cal- 
culated. The model  results (using these calculated rate 
constants)  are compared  with exper imental  results 
over  a range of  zinc concentra t ions  in Figure 1. 

3.4. Inclusion of  mass transfer effects 

Without  the inclusion of  cathodic  mass  t ransfer  
effects, the sharp  drop  in current  efficiency at low zinc 
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Fig. 1. Current efficiency against zinc concentration in the cell (model contains no mass transfer effects). (x) Experiment, ( . . . .  ) model. 
Conditions: acidity = 110 gdm-3; temp. = 35 ~ C; deposition time = 42 h; current density = 500 A m 2 
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Fig. 2. Current  efficiency against zinc concentration in the cell (model contains cathodic mass  transfer effects). (x) Experiment, (-  - ) model. 
Conditions: same as Fig. 1. 

concentrations is not predicted by the model. The 
inclusion of mass transfer effects (see Equations 31-33), 
with the mass transfer constant (K = 1.66 x 10 3) 
being estimated by a least-squares fit between the 
model and experimental current efficiencies, meant 
that the model could now predict the low zinc con- 
centration drop off in current efficiency (see Fig. 2). 
There is good agreement between the mass transfer 
coeff• determined above and those measured 
experimentally. At "s tandard"  cell conditions the 
model predicts a mass transfer coefficient (m) of  
4.9 x 10-Sins -J which compares favourably with a 
value of 5.3 x 10 5ms 1 obtained experimentally by 
measuring the trace deposition of copper [6]. 

3.5. Temperature dependence of the rate constants 

The rate constants for the zinc and hydrogen reactions 
are both assumed to have an Arrhenius temperature 
dependence (see Equation 29). Values for the frequency 
factors (A0,z. and A0..2 ) and activation energies (AGz~ 
and AGH2) in these temperature dependencies have not 
been reported in the literature and, therefore, were 
estimated using the experimental data. The same 
method used to calculate the rate constants at 35~ 
was repeated for cell temperatures of  25, 40, 45 and 
50~ The current efficiency and cathode potential 
were set to their experimental values within the 
SPEEDUP model and the rate constants calculated. 
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Fig. 3. Effect of  cell temperature on the zinc deposition rate constant.  Conditions: acidity = 1 I0 g dm 3; zinc = 55 g dm-3; deposition 
time - 42h; current density = 5 0 0 A m  -2. 
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Figure 3 shows clearly the exponential relationship 
between the zinc deposition rate constant (k0.zn) and 
cell temperature. These values for the rate constants 
were used to calculate the frequency factors and 
activation energies for both the zinc and hydrogen 
reactions: 

A0.zn --- 1.97 • 1014(Cdm3s-lmol ~m -2) 

AGzn = 69500Jmot- 

A0,H2 = 3 5 3 ( C d m 3 s - l m o l - l m  -2) 

zXGH2 = 48700Jmol 

The model predicted current efficiencies for a range of 
temperatures from 25 to 50~ are compared with the 
experimental results in Fig. 4. 

3.6. Evaporation coefficient 

Experimental measurements [6] indicated that, at 
"standard" conditions, there was an average decrease 
in volumetric flow between the feed and cell overflow 
streams of about 3%. The model indicated that about 
1% was the result of the decomposition of water at the 
anode with evaporation from the liquid surface of the 
cell accounting for the rest. The evaporation constant 

Table 1. A comparison of model predictions and experimental results 

[Zn2 + ] [H 2S0 4] Temperature Current 
(g dm 3) (g dm 3) (~ C) density 

(Am 2) 

Current Energy 
efficieney (%) (kWh lonne i) 

Expt. Model Expt. Model 

54.5 64.8 34.8 500 
52.6 88.4 35.1 500 
53.5 135.0 35.3 500 
54.5 155.5 34.7 500 
55.3 I54.7 34.7 500 
57.9 109.8 35.4 350 
54.8 112.5 35.3 650 
38.8 181.3 34,9 500 
39.2 88.8 34.9 500 
55.6 110.4 34.8 500 
55.8 109.5 34.9 500 
56.8 110.4 35.0 500 
65.8 115.2 35.3 100 
58.4 158.3 40.4 500 
49.0 171.6 40.3 500 
57.0 161.0 40.3 500 
24.8 112.3 35.3 500 
66.4 181.5 44.8 400 
48.5 216.3 44.5 400 
61.9 109.5 35.4 180 

97.4 96.9 2912 2967 
95.9 96.0 2858 2882 
94.4 94.6 2779 2793 
93.6 94.1 2773 2776 
94.2 94.2 2808 2774 
96.1 95.9 2687 2662 
95.9 95.1 2940 2985 
91.1 90.4 2825 2846 
94.8 94.0 2914 2924 
95.7 95.5 2870 2832 
96.5 95.6 2823 2832 
95.9 95.7 2861 2828 
95,9 95.2 2453 2362 
95.3 95.3 2727 2708 
92.8 93.9 2783 2726 
93.9 95.l 2776 2709 
85.8 86.5 3105 3109 
94.5 96.0 2637 2562 
91.9 93.7 2658 2598 
94.6 95.9 2530 2465 
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(K~v~p in Equation 10) was, thus, estimated by running 
the model at "s tandard"  experimental conditions but 
specifying that the exit flowrate was 2% less than the 
inlet flow. A value for K~v,p of 2.5 x 10 4 was thus 
obtained. 

4 .  V a l i d a t i o n  o f  t h e  p u r e  s o l u t i o n  m o d e l  

Using the model with the parameter  values as esti- 
mated in the previous section, a comparison was next 
made between the experimental data from the pilot- 
plant cells and the model predictions. Only data that 
had not been used for parameter  estimation were used 
in this comparison. The comparison range for most of  
the major  variables was quite large. For  example, the 
current density varied from 100 to 6 5 0 A m  -2, while 
the acidity varied from 65 to 210gdm  3. Table 1 lists 
the results. 

The average percent absolute error between the 
model predictions and the experimental data is 0.6% 
for the current efficiency and 1.4% (equivalent to 
40 kWh tonne-  ~ ) for energy consumption. These errors 
are comparable  to the accuracy of the experimental 
data itself, which under "s tandard"  conditions have 
been estimated to be 0.5% for current efficiency and 
t .0% for the energy consumption. 

To test the sensitivity of the model to variations in 
the estimated parameters,  a series of  simulations were 
performed with each parameter  in turn being set at 
10% above and 10% below its estimated value. The 
effects on current efficiency and energy consumption 
are given in Table 2. 

As expected because of their position in the expo- 
nential part  of  the Arrhenius temperature dependence, 
changes in the zinc and hydrogen activation energies 
(AGzn and AGm) have a significant effect on the model 

predictions. It should be remembered, however, that 
in estimating such values from experimental data any 
error made in calculating an activation energy should, 
to some extent, be compensated for by a correspond- 
ing "error"  in the frequency factor. In Table 2, only 
the activation energies have been changed. 

The exchange coefficient for the hydrogen reaction 
(c%) also has a large effect on the model predictions. 
However, the value of 0.5 used in the model is con- 
sistent with values given in the literature. The least 
sensitive parameter  is the evaporation coefficient 
(Kevap). Even a 50% change to the estimated value has 
a negligible effect on either the current efficiency or the 
energy consumption. 

5. Model r e s u l t s  

As an example of  what can be done once a validated 
model is available, Figs 5-7 are plots of  current effic- 
iency and power consumption for a high purity feed 
(Zn 2+ in feed = 160gdm -3) against zinc concentra- 
tion in the cell (or acidity, as the two are related), cell 
temperature and current density when each in turn is 
varied about  a nominal base set of conditions ( c e l l  
acidity = 160gdm 3; cell temperature = 35 ~ C; current 
density = 500Am-2) ,  

This model only applies to the operation of a (10 
litre) pilot-plant cell using a high purity electrolyte. 
Based on experimental data, this model has been 
extended to include both the effects of  major  feed 
impurities (copper, cobalt and nickel), as well as full- 
size cell effects such as non-perfect mixing and man- 
ganese dioxide scale on the electrodes [6]. Such a model 
provides a means for plant engineers to quantitatively 
predict and assess the likely effects of  proposed 
changes in circuit design and/or operation. For exam- 

Table 2. Sensitivity of model to estimated parameters 

Parameter A (Parameter) A (Current efficiency) A (Energy) 

~z, (=0.4) + 10% +0.2% +0.1% 
10% --0.3% -0.5% 

:~H2 (=0.5) + 10% -9.7% + I0.6% 
- 1 0 %  + 2 . 8 %  - 1 . 9 %  

Ao,zn ( -  1.97 x 1014) + 10% +0.2% --0.2% 
- 1 0 %  - 0 . 2 %  + 0 . 3 %  

Ao,H2 (-- 353) + 10% --0.3% +0.3% 
- -  1 0 %  + 0 . 3 %  + 0 . 3 %  

AGzn ( = 69500) + 10% - 12.0% + 17.0% 
- 1 0 %  + 2 . 8 %  - 4 . 5 %  

AGH~ ( - 48700) + 10% + 2.0% - 2.0% 
10% - 15.0% + 17.0% 

K(=1.66 x 10 ̀3 ) +10% +0.2% -0.4% 
- 1 0 %  - 0 . 3 %  + 0 . 5 %  

r/H_, o = 0.306 + 0.1461ogt0 (iH20) + 10% 0.0% +2.0% 
- 1 0 %  0 . 0 %  - 2 . 0 %  

K~v~p (--2.5 x 10 -4) + 10% 0.0% 0.0% 
- -  1 0 %  0 . 0 %  0 . 0 %  
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pie, the steady-state model can be readily optimised 
to determine what conditions result in the mini- 
mum power requirement per tonne of zinc possible 
within a plant's operational constraints. Similarly, 
the dynamic version of  the model can be used to 
compare alternative cellroom control schemes. Details 
of the extended model and various applications (both 
steady-state and dynamic) will be presented in a latter 
paper. 

6.  C o n c l u s i o n s  

A (dynamic) mathematical model has been developed 
for a (I0 litre) pilot-plant size zinc electrowinning celt 
operating with a high purity feed. The model consists 
of a set of 95 equations comprising mass balances, an 
overall energy balance, thermodynamic and kinetic 
equations, electrochemical and mass transfer equations 
and correlations for electrolyte conductivity and den- 
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sity. The model assumes that the cell behaves like a 
well-mixed system. 

Values for the model parameters were obtained 
from the literature or estimated using experimental 
data. A comparison of model predictions and experi- 
mental results gave an average (absolute) error of 
0.6% and 1.4%, respectively, for the cell current 
efficiency and specific power consumption. These 
values are very close to the estimated errors in the 
actual experimental data themselves. 

The model equations were solved using the 
SPEEDUP flowsheeting package. Parameter esti- 
mation was merely a form of model solution with 
experimental data being specified and parameters 
being calculated. Being an integrated package, 
SPEEDUP also has the facilities to perform both 
steady-state optimisation and dynamic simulation 
runs. Although these facilities were not used to 
generate results presented in this paper, they were 
both employed in studies carried out using a version of 
the model that had been extended to include full-size 
cell effects. 

In conclusion, this model (and its extended version) 
accurately predicts the influence of the major variables 
on the zinc electrowinning process. As a consequence, 
it has been successfully used by EZ personnel in 
various plant design/operation studies. Given the 
availability of suitable data, this model could be readily 
"tuned" so as to describe similar electrowinning 
processes. 
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